Methyl isobutyl ketone (MIBK) and diisopropyl ether (DIPE) have been evaluated as solvents for extraction of phenols, at high dilution, from water. Equilibrium distribution coefficients (KD) have been measured for phenol, dihydroxybenzenes and trihydroxybenzenes in both solvents as a function of pH. Particularly for the multihydric phenols, MIBK gives substantially higher values of KD than does DIPE. The effect of pH can be described quantitatively through a simple ionization model, using published values of dissociation constants for the various phenols.
Introduction
Phenols appear in aqueous streams from many industrial processes, including petroleum refining and petrochemical manufacture (Earhart, et al, 1977) and coking (Wurm, 1968) • Phenols are also the principal organic constituents in condensate waters formed during coal gasification and liquefaction (Ho, et al, 1976; Singer, et al, 1977) . Often the concentration of phenols in such streams is high enough to warrant recovery, as opposed to degradation. Also, a high and fluctuating concentration of phenols can make treatment by biological treatment difficult.
Among recovery processes, solvent extraction is generally preferable over steam stripping for removal of phenols, since the phenol-water system forms an azeotrope at 9.2 wt. % phenol. Benzene, tricresyl phosphate and butyl acetate have been used as solvents for extraction in the past, but the most common solvent at present is diisopropyl ether (DIPE) , which is used in the Phenosolvan process (Wurm, 1968; Beychock, 1974) . Another recent process (Laurer, et al, 1969; Mulligan & Fox, 1976) , licensed by Chem-Pro Equipment Corp., appears to use methyl isobutyl ketone {MIBK) as solvent.
Dihydric phenols (dihydroxybenzenes) appear in concentrations of hundreds or even thousands of ppm in condensate waters from coal-conversion processes (Singer, et al, 1977; Exxon Research & Engineering Co., 1976; Lowenstein-Lom, et al 1947) and probably are present in other phenolic waters, as well. However, until recently most analyses of phenolic waters have not reported these substances specifically, because the colorimetric generic test for phenols does not identify them separately and because they are difficult to pass through a gas chromatograph. Trihydric phenols would also be expected, but are still more difficult to analyze. Using reversed-phase HPLC, Greminger and King (1979) found 600 ppm of a trihydric phenol, phloroglucinol, in an aged condensate water from the SRC (Solvent-Refined Coal) liquefaction process. The polyhydric phenols are more difficult to extract because of their increased affinity for water. Many also form strong color bodies, when exposed to air at the high pH of most condensate waters. Furthermore, the trihydric phenols are extremely resistant to biological oxidation (Chambers, et al, 1963}. Coal-conversion process condensates contain a large amount of dissolved ammonia and carbon dioxide, by virtue of which the pH typically lies between 8 and 9.8. The waters are also highly buffered. At such high values of pH a significant fraction of phenols can be ionized, further discouraging extraction. Treybal (1963) gives a simple model for a weak acid distributing between organic and aqueous phases, with dissociation occuring in the aqueous phase:
Here K 0 is the equilibrium distribution coefficient (wt. fraction in organic phase/wt. fraction in aqueous phase), K is the acidic a dissociation constant, and [H+] is the molar hydrogen ion conconcentration. Values of K , taken from the work of Kortum, a et al (1961) , are shown in Table 1 .
Common polar solvents have an appreciable solubility in water--of order 1%--and must somehow be removed and recovered. Stripping with steam at atmospheric pressure is expensive. The Phenosolvan process uses a complex, three-tower, inert-gas stripping system, and Earhart, et al (1977) have proposed using a volatile hydrocarbon solvent to extract residual polar solvent. Rasquin, et al (1978) have shown that vacuum steam stripping can be attractive for removal of organic substances which fall within certain ranges of volatility and solubility.
The objective of the present work was to measure equilibrium distribution coefficients di-and tri-hydric phenols from water into DIPE and MIBK, to measure the effects of temperature and pH upon K 0 , and to assess the attractiveness of vacuum steam stripping for recovery of residual solvents from water. The results lead strongly toward the use of MIBK as a preferred solvent, with recovery of residual MIBK by vacuum steam stripping.
Experimental
Apparatus and Procedure Batch extractions of the phenols were performed under nitrogen in a constant-temperature bath. The single-component feed solutions were sparged with nitrogen to strip out oxygen, which oxidizes phenols rapidly in basic solution. The pH was adjusted by the addition of KOH, and was monitored with a Corning Model 10 pH meter. Phenol solutions were analyzed with a Varian Model 1740 gas chromatograph equipped with a flameionization detector and a 3.18 mm x 2.4 m stainless steel column packed with Porapak Q (Waters Associates), operated at 240°C. Solutions of polyhydric phenols were analyzed with an isocratic liquid chromatograph consisting of a Spectra Physics Model 740 pump, a Waters Associates Model 440 UV absorbance detector operated at 254 nm, and a Waters Associates Model 27324 reversephase ~Bondapak c 18 colummn. The mobile phase used was 25 vol. % methanol in water, buffered to pH 3 by the H 3 Po 4 /KH 2 Po 4 system. Additional details are described elsewhere (Greminger and King, 1979) .
Effect of pH
Figures 1 and 2 show the experimentally measured distribution coefficients as a function of water-phase pH for phenol and resorcinol, respectively, distributing between DIPE and water. The curves are calculated from the model given by Equation 1, using the value of K 0 measured at low pH as a single adjustable parameter, along with the values of K listed in Table 1 . The model fits the a data well. Effects of concentration and ionic strength on activity coefficients are ignored in the model, and the analytical methods used are not precise enough to detect these small effects experimentally. Table 1 for phenol, the three dihydric phenols, and the three trihydric phenols, extracted into both DIPE and MIBK. Aqueous solute concentrations were in the range 1500-3000 ppm. Fuller details are presented elsewhere {Greminger & King, 1979) .
From the results it can be seen that MIBK gives much higher values of K 0 than DIPE, especially for the polyhydric phenols. If we use K 0 S/W ~ 1.4 as a criterion for effective removal (King, 1980) , a solvent-to-water mass flow ratio, S/W, ~ 0.39 would be required for removal of trihydric phenols with MIBK at low pH, while S/W ~ 0.14 would suffice for dihydric phenols. For DIPE, on the other hand, S/W ~ 1.4 would be required to remove dihydric phenols effectively, and S/W ~ 8 or more would be required for trihydric phenols. These differences in solvent flow would have a large effect on process economics.
At high pH the solvent flows needed would be even larger, and can be obtained from values of K 0 , t given by Equation apparen 1, using the information given in Table 1 . At high pH, phloroglucinol will be the most difficult phenol to remove of those listed, because of its lower value of pK . a Results from the present work are compared with those of previous investigators for phenol and the dihydric phenols, in Table 2 .
It is also instructive to examine the K 0 values in terms of the activity coefficients in the two phases. On the basis of measured solubilities (Walker, et al, 1931; Korman & La Mer, 1936) , Tsonopoulos (1970) gives activity coefficients of 1.90, 0.61 and 4.3 (average value) for pyrocatechol, resorcinol and hydroquinone, respectively, at high dilution in water at 298K. Tsonopoulos and Prausnitz (1971) indicate that the best fit of reported vaporliquid equilibrium data gives an activity coefficient of 64 for phenol at high dilution in water at 298K. The equilibrium distribution coefficient in terms of mole fractions, KX, is simply the ratio of the activity coefficient in the aqueous phase (y~ to that in the organic phase (y;>. Since K 0 = Kx(Mw)/(Ms) at high dilution where Ms and Mw are molecular weights of solvent and water respectively, we have ( 2) Table 3 gives values of computed in this way for phenol and s the dihydric phenols in the two solvents. The activity coefficients are all less than unity, indicating strong negative deviations from ideality. This results from the ability of the phenolic hydroxyl group to hydrogen-bond with the oxygen of the ether and the carbonyl group of the ketone. The hydrogen bond with the carbonyl oxygen is stronger, making MIBK the more effective solvent.
()('
Presumably the difference among dihydric phenols in ys within a given solvent results from steric factors.
Effect of Temperature
Since MIBK was shown to be the preferred solvent, the effect of temparature on K 0 for phenol in this solvent was studied. The values of distribution coefficient found at 30°C, 50°C, and 75°C are shown in Figure 3 as a function of weight fraction phenol in the organic phase. The values of K 0 are uniformly high, but are highest at low temperature, indicating that extraction at low temperature is desirable. Figure 3 also shows that K 0 is highly satisfactory, e.g. K 0 =60 at 30°C, even at phenol concentrations in the organic phase of 20% by weight. Values of K 0 at higher phenol concentrations were not investigated since it is unlikely that such concentration levels would be achieved in the solvent, even for waste streams relatively rich in phenol. The solvent-to-water ratios required for satisfactory removal of di-and trihydric compounds, which would also be likely contaminants, would be such that concentration levels of phenol in the solvent would be relatively low. In addition, high levels of phenol concentration in the organic phase would probably induce increased water solubility. The water would ultimately have to be removed from the phenol and would increase the energy load of the process.
Data were also taken at the same temperatures to determine the mutual solubility of MIBK and water. The values obtained for weight fraction of MIBK in water are 0.0182, 0.0146, and 0.0137, and for weight fraction water in MIBK are 0.0204, 0.0244 and 0.0284 at temperatures of 30°C, 50°C and 75°C respectively. These values are in good agreement with the results of Gross, et al. (1939) , Ginnings, et al. (1940) , and Narasimhan et al. (1962) . The values most important to the process are the solubilities of MIBK in water, which should be as low as possible in order to keep energy loads associated with solvent-recovery low. These data would appear to indicate that higher extraction temperatures are desirable. However, the effect is small and would be completely outweighed by the increase in solvent flow necessitated by the diminished K 0 for phenol at higher extraction temperatures; energy loads stemming from the separation of the additional solvent from the phenol would be greatly increased. In sum, the extraction should be performed at low temperatures.
Vacuum Steam Stripping
Solvent recovery following the extraction operation can be achieved in different ways. The Phenosolvan process utilizes inert gas stripping followed by reabsorption of the stripped solvent by phenol and subsequent distillation of the mixture. The Chem-Pro process utilizes steam stripping at atmospheric pressure. The Phenosolvan process is low in operating costs but complex, the Chem-Pro process is relatively high in operating costs because of the energy supplied to the stripper, but is simpler.
If the steam stripping is more closely examined, it is apparent that the energy requirements can be held down by heat exchange of the bottom product, the stripped water stream, with the feed. A significant portion of the energy inevitably goes into heating the bottom product to the boiling point of water at column pressure, and this energy can be partially recovered in the exchanger. The energy finally lost in heating the water stream is thus essentially independent of the column pressure used, corresponding only to the temperature approach used in the exchanger. However, as column pressure is lowered sufficiently, say to the vapor pressure of water at feed temperature, the heat exchanger becomes unnecessary, and no energy is lost in this way. The water stream is heated only through the temperature difference between the top and the bottom of the column. Since the feed to the stripper coming from the extractor, and it is advantageoue to operate the extractor at relatively low temperatures, the stripper must usually be operated under vacuum. Vacuum operation would normally require large column diameters to accommodate the vapor flow, but the vapor requirements of the strippers considered here are small, of the order of 0.02 moles/mole of feed. Under these conditions, the column size is determined by the liquid flow, and large column diameters are not necessary.
If, as occurs in many processes, the temperature of the wastewater stream is of the order of 70 to 80°C, the amount of low-grade energy available from the sensible heat of this stream is more than adequate for recovery of the dissolved solvent in the water stream leaving the extractor. Again, for efficient use of this energy, the solvent stripper must be operated under vacuum. The incoming waste water stream can then be used to reboil the stripper, and the energy load associated with solvent recovery can be reduced essentially to zero.
However, if vacuum operation is to be used effectively, a solvent having certain physical properties must be chosen. A practical lower limit on stripper pressure arises from the necessity to condense the overhead vapor from the stripper with cooling water. The condensed vapor will split into two liquid phases, water and solvent, and the condensate will exhibit the vapor pressure of a pseudo-azeotrope, or essentially the sum of the vapor pressures of water and solvent at cooling water temperature. If the vapor pressure of solvent is too high at this temperature, it will force the use of higher column pressure and will reduce the possible use of waste energy in reboiling the column. Di-isopropyl ether has an undesirably high vapor pressure whereas MIBK is a desirable solvent from this standpoint. In general, the solvent should have a boiling point of approximately 100°C, or somewhat higher.
Too high a solvent boiling point reduces the volatility of the solvent in the stripper. However, this is largely offset by the high activity coefficient for the solvent in the aqueous phase, a concomitant of low solvent solubility. Again, MIBK is satisfactory from this standpoint. Detailed calculations of a vacuum steam stripper by Burns et al. (1979) , show that the concentration of MIBK in water can be readily reduced from 15,000 ppm to 20 ppm in a packed tower six meters high operated at 72 torr (9.56 kN/m 2 ), with a steam flow of only 0.023 moles/mole of feed. Moderate increase in height would allow almost any degree of stripping at essentially the same steam flow.
Complete designs for the treatment of 115,000 kg/hr of a quench stream containing 15,800 ppm of phenol have been given by Burns et al. (1979) for the Phenosolvan, Chem-Pro, and MIBK extraction-vacuum stripping processes. Capital costs are comparable, $3.7 M 2 , $3.0 M 2 , and 3.3 M 2 respectively. Annual operating costs are also comparable, $1.8 M 2 , $2.0 M 2 , and $1.6 M 2 respectively, but clearly show the benefit obtained from use of the waste energy of the process stream to accomplish solvent recovery. *-pK = log 10 {K )-l. pK is also the value of at which the solute is half ioni . a a a ** -interpolated from data at other temperatures.
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